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a b s t r a c t

The hydrodynamics of a gas–solid fluidized bed was studied using a combination of experiments and CFD
simulations. Experiments were conducted with polypropylene particles (710–1000 �m in diameter) as
solid phase and air as gas phase. A multifluid Eulerian model incorporating the kinetic theory for solid
ccepted 14 March 2008

eywords:
as–solid fluidized bed
uler–Euler two-fluid model
FD

particles is used to simulate the gas–solid flow. Momentum exchange coefficient was calculated using
the Gidaspow drag model. Effects of gas velocity, type of sparger, presence of draft tube on solid hold-
up distribution and solid circulation pattern have been investigated. The presented experimental data
and comparison with CFD predictions provide useful basis for further work on understanding bubbling
fluidized beds.
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. Introduction

Fluidized beds are used in chemical, petroleum, pharmaceutical,
etallurgical, biochemical, power generation and food industries

n large scale operations, e.g. manufacturing of polypropylene and
olyethylene, coating, granulation, drying, roasting, and synthe-
is of fuels and chemicals. Despite their widespread application,
uch of the development and design of fluidized bed reactors has

een empirical due to the complex behavior of gas–solid flow in
hese systems. For any gas–solid catalyzed reaction being carried
ut in a fluidized bed reactor, efficient gas–solid contacting is of
rime importance. Gas–solid fluidized bed reactors when operated
t superficial gas velocities above the minimum fluidization veloc-
ty limit the contact of solid particles with the reactant gas due to
he escape of excess gas through the reactor in the form of gas bub-
les and this leads to poor gas–solid contacting. Particles even of
ame size are known to have different lengths of stay in the bed.
oreover, if solids undergo size changes (growth and shrinkage) a
ider size distribution of solids is created within the bed giving rise

o long and non-uniform residence times of solids in the reactor. So
better understanding of the dynamics of fluidized beds is a key
ssue in making improvements in efficiency, which can be achieved
hrough numerical modeling. Computational fluid dynamics (CFD)
s an emerging technique and holds great potential in providing
etailed information of the complex fluid dynamics. It is widely

∗ Corresponding author. Tel.: +91 22 24145616; fax: +91 22 24145614.
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pplied in industry to support engineering design for single-phase
ystems and has become a fundamental component of research in
ultiphase systems, including fluidization.

. Previous work

Several approaches have been used in the past to simulate the
uidized bed. Krishna and van Baten [1] have proposed the use of
pseudo-fluids” wherein the emulsion phase and bubble phase are
efined as two fluids. Physical properties are assumed for the emul-
ion phase, and empirical correlations are used for rise velocity of
he bubbles. These empirical parameters like emulsion density, vis-
osity need to be fitted to match the experimental data and hence
hese models are not predictive in nature. Extension of these mod-
ls to systems other than those investigated is also not possible.

In the Eulerian–Eulerian approach, gas and emulsion phases
re assumed to be continuous and fully interpenetrating in each
ontrol volume. Both phases are described in terms of separate con-
ervation equations for mass and momentum. In order to couple
he two momentum balances, models for the inter-phase forces are
equired. The inter-phase forces include drag force, lift force and the
irtual mass force. Due to large difference between the emulsion
hase and the fluid-phase densities, forces other than drag force are

ess significant, and thus can be neglected. Consequently, in most

f the studies, whenever the inter-phase forces were dealt with,
nly drag force has been considered. The inter-phase momentum
ransfer is an important term in the modeling of the gas–particle
nteraction, since particle fluidization results from the drag exerted
y the interstitial gas on the particulate phase. Taghipour et al. [2]

http://www.sciencedirect.com/science/journal/13858947
mailto:awp@udct.org
dx.doi.org/10.1016/j.cej.2008.03.011
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Nomenclature

At cross-sectional area of the bed (m2)
Ar Archimedes number
CD drag coefficient
dp particle diameter based on screen analysis (m)
¯̄Di strain rate tensor for phase i (s−1)
e coefficient of restitution
g gravitational constant (m/s2)
g0 radial distribution function
h axial location (m)
H height of the bed (m)
IG transmitted intensity through the gas phase (s−1)
IS transmitted intensity through the solid phase (s−1)
ITP transmitted intensity through the two phase (s−1)
I0 intensity of incident radiation (s−1)
Lm height of fixed bed
Lmf height of bed at minimum fluidization
P gas-phase pressure (N/m2)
Ps particulate phase pressure (N/m2)
r radial location (m)
R radius of the bed (m)
Rep particle Reynolds number
t total thickness of the medium (m)
tG total thickness of the gas medium (m)
tS total thickness of the solid medium (m)
Umf minimum fluidization velocity (m/s)
Ut terminal velocity of a falling particle (m/s)
U∗

t dimensionless terminal velocity of a falling particle
(m/s)

U* dimensionless particle velocity (m/s)
U0 superficial gas velocity (m/s)
W mass of solids in the bed (kg)

Greek letters
ˇ inter-phase drag coefficient (kg/m3 s)
εg voidage of gas phase
εgmf voidage of gas phase at minimum fluidization
εmf voidage in the bed at minimum fluidization
εs voidage of solid phase
εsmf voidage of solid phase at minimum fluidization
�s sphericity of a particle
˚ angle of internal friction
� dissipation of granular energy (kg/m3 s)
� solids thermal conductivity (kg/ms)
�mfp mean free path (m)
�s the solid bulk viscosity (g/m s)
�g viscosity of gas (kg/m s)
�G linear attenuation coefficient of gas (m−1)
�s solid shear viscosity (kg/m s)
�S linear attenuation coefficient of solid (m−1)
�s granular temperature (m2/s2)
	g density of gas phase (kg/m3)
	s density of solid phase (kg/m3)
¯̄
 viscous stress tensor (N/m2)
� velocity vector (m/s)

Subscripts
col collision
fr friction
g gas phase
kin kinetic
max maximum

p particle
s solid

h
G
s
d
[
A
a
d
S
a
[
s

p
o
p
p
p
r
p
w

∇

d
s
h
E
d
u
G
s
d
a

(
m
t
o
t
s
o
w

l
i
f
a
(
p
m
d
a
s
a
b

Superscripts
T transpose

ave compared three drag coefficients viz. Syamlal and O’Brien [3],
idaspow [4] and Wen and Yu [5] and found them “qualitatively
imilar”. Similarly Pugsley and McKeen [6] have compared four
rag coefficients viz. Syamlal and O’Brien [3], Gidaspow [4], Ergun
7] and Gibilaro et al. [8] at a fixed relative velocity of 0.1 m/s.
t this relative velocity, the models show significant deviations
t low voidage for the Syamlal and O’Brien drag model [3]. For
ense-phase systems, Krishna et al. [9] showed that in case of
yamlal and O’Brien [3] model, predicted values of pressure drop
nd bed expansion were lower. Krishna et al. [9] and Du et al.
10] have used the Gidaspow [4] drag model for dense gas–solid
ystems.

When solving the two-fluid model (TFM), a set of models, either
hysical or empirical, are required in order to close the system
f equations. One important and difficult closure is the emulsion
hase stress, i.e., normal and tangential stresses of the emulsion
hase. Two approaches are currently used for treating the emulsion
hase stress. The first uses a constant particle viscosity (CPV) uses a
elationship for the particle–particle interaction force or emulsion
hase pressure (�·Ps). The emulsion phase pressure (�·Ps) can be
ritten as

· Ps = G(ε)∇ε (1)

Rietema and Mutsers [11] have determined the functional
ependence for emulsion phase elastic modulus, G(ε), by mea-
uring the interaction of a vibrating body of wire netting with
omogenously fluidized beds of catalyst particles. Gidaspow and
ttehadieh [12], Ettehadieh et al. [13] and Gidaspow [14] fitted the
ata to obtain an expression for the emulsion phase elastic mod-
lus. However, numerical computations of Ettehadieh et al. [13],
idaspow [14], Kuipers et al. [15] and Bouillard et al. [16] have
hown that the G(ε) fit obtained from the Rietema and Mutsers [11]
ata is inadequate in predictive ability. Unrealistically low voidages
re predicted with this correlation.

The second approach uses the kinetic theory of granular flow
KTGF), is analogous with the kinetic theory of gases [17–20]. The

acroscopic behavior of the solid phase is described by the equa-
ions that account for the energy associated with particles arising
ut of collisions and fluctuating motions of the particles. Solution of
his equation is used to describe momentum transport within the
olid phase. This model also enables taking into account variation
f the energy associated (and the momentum transfer associated
ith it) with solid motion within the bed.

This is similar to the most widely used k–ε model for turbu-
ence in single-phase flows. The energy associated with turbulence
s used to calculate the turbulent diffusion of momentum. There-
ore, this theory makes it possible to use a more fundamental
pproach to calculate the momentum transfer rates. Empiricism
use of constant particle viscosity, or pseudo-fluid) is avoided com-
letely. Simulations using the KTGF model have been reported by
any researchers [2,9,17,20–28]. Verification and quantitative vali-
ation using experimental data is necessary for providing a reliable
nd predictive model [29]. Therefore, in recent years, main empha-
is has been on validating various models proposed for governing
nd closure equations used for simulations of gas–solid fluidized
eds [9,24,30].
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Kuipers et al. [24,30] have carried out simulations for free
ubbling fluidized bed for Geldart B as well as D type particles. Com-
arison of simulation results using KTGF and CPV have been carried
ut. Comparison of bubble size distribution, bubble rise velocity
nd visible bubble flow rate with generally accepted correlations of
arton et al. [31], Lim et al. [32] and Hilligardt and Werther [33] and
xperimental data taken from the literature have been presented. It
as observed that KGTF was able to predict the experimental data

lightly better than CPV.
Mori et al. [34] has proposed a novel bubble distribution model

ased on the population balance of bubbles, incorporating Reynolds
ransport equation for solid flow. The estimated bubble diameter
nd solid flow pattern in bubbling fluidized bed were compared
ith the experimental values in cylindrical bubbling fluidized

ed.
Zhang and Reese [35] have developed a heuristic model for

ense gas–solid flows in vertical pipes. The numerical solutions of
adial variation of solid volume fraction and solid axial velocity from
his model were compared with the published experimental data
nd simulation of Nieuwland et al. [36,37].

Taghipour et al. [2] have studied the hydrodynamics of gas–solid
uidized bed using multifluid Eulerian model incorporating kinetic
heory for solid particles. The model predictions of time aver-
ged solid volume fraction, bed expansion ratio, pressure drop
nd qualitative gas–solid flow pattern were compared with the
xperimentally obtained pressure drop data and local voidage
alculations using reflective optical fiber probe. The model was
ble to qualitatively predict the experimental results. However,
arge errors were observed in the predictions. Errors as much as
0–50% in the prediction of bed voidage and pressure drops were
eported.

Pugsley and McKeen [6] have carried out simulations for FCC
articles (135–170 �m) using two-fluid CFD code Multiphase Flow
ith Inter-phase Exchanges (MFIX). Comparison has been made

ased on the bed expansion, bubble diameters and rise velocities
ith the experimental data collected using an electrical capac-

tance tomography (ECT) imaging systems. They have observed
arge errors between the predicted values and experimental obser-
ations. In order to reduce the errors, the drag relationship was
ultiplied by an empirically constant. The value of this constant
as varied from 0.1 to 1.0. In spite of this, the predictions agree
nly qualitatively.

van Wachem et al. [38] have carried out the validation of their
odel by comparing the predicted values of voidage and pressure

uctuations at different gas velocities with the data of Baskakov
t al. [39], Schouten and Van den Bleek [40] and Schouten et al.
41].

In most of the past studies CFD model validation is done by (a)
omparing bubble growth for the initial bubble [30] and (b) com-
aring time averaged data [2,24,42–44]. Comparison of the CFD
odel predictions of radial and axial distribution of solids hold-up

n bubbling fluidized bed and the effect of geometrical parame-
ers such as internals (draft tube) and gas distributor configuration
complete and partial sparging) has not been presented in the past.
he effects of the above parameters on the solids hold-up distribu-
ion and circulation patterns have not been studied in detail in the
ast. Hence, the objectives of the present work were:

1. To develop a CFD model for bubbling fluidized bed.
. To conduct solid hold-up measurements using gamma ray
tomography to determine the variation of the solid hold-up in
the radial and axial directions.

. Understand the solids circulation patterns existing in the flu-
idized bed using the generated solids hold-up profiles and CFD
modeling.
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. Examine the effect of superficial gas velocity, internals (draft
tube) and gas distributor configuration (complete and partial
sparging) on the solid hold-up distribution and circulation pat-
terns.

. Equipment and materials

.1. Fluidized bed

Experiments were carried out in a transparent Perspex column
f internal diameter (i.d.), 0.186 m and a total height of 1.2 m. A draft
ube of internal diameter, 0.10 m and total height, 0.158 m is incor-
orated centrally into the bed and rested on the distributor plate.
our rectangular slots of 0.03 m height separated 0.025 m from each
ther have been made on the periphery of the draft tube at a height
f 0.02 m from the base of the draft tube. Four bolts on the top and
ottom of the draft tube help to keep it in the required position.
he draft tube can be removed from the bed to make it a conven-
ional fluidized bed. The height of the freeboard region of the bed is
nough to prevent entrainment of the particles with the outgoing
as. A flat perforated plate distributor having holes each of 0.002 m
.d. is used at the bottom of the bed. The distributor plate perfo-
ated with 504 holes was used for complete sparging whereas the
ne with 50 holes was used for partial sparging. The distributor
late was covered by a 100 �m screen to support the bed.

A schematic diagram of the fluidized bed set-up is shown in
ig. 1. Compressed air from the compressor controlled by a valve
nd routed through a rotameter (for flow measurement) was used
s the gas phase to fluidize the solids. The different parameters char-
cterizing the properties of the solid particles were either measured
xperimentally and/or calculated. The accurate determination of
hese properties was necessary for fixing the experimental condi-
ions such as gas velocity and thus the regime of operation.

.2. Material property estimation

The solid particles used in the present study were in the size
ange of 710–1000 �m. Sieve analysis of the feed was carried out
nd the mean particle size (dp) of the particles was calculated based
n the size distribution. The mean particle size was found to be
53 �m. The density of the particles (polypropylene) was taken to
e 906 kg/m3. The value of particle sphericity was assumed to be
qual to one.

Pressure drop across the bed (�pb) was measured first by
ncreasing and then decreasing the air flow rate (superficial air
elocity). A plot of �pb vs. U0 was made, and this was used to
etermine the minimum fluidization velocity (Umf). The value of
mf was found to be 0.176 m/s. This value of Umf was used in the
rgun equation:

�pb

Lm
= 150

(1 − ε)2

ε3

�g × u0

(�sdp)2
+ 1.75

1 − ε

ε3

	gu2
0

�sdp
(2)

he onset of fluidization (drag force by upward moving gas bal-
nced by the weight of the particles) is expressed by

pbAt = W = AtLmf(1 − εmf) × (	s − 	g)g (3)

earranging Eq. (3), at minimum fluidization conditions, we have

�pb

Lmf
= (1 − εmf) × (	s − 	g)g (4)
t minimum fluidization conditions, Eq. (2) can be written as

�pb

Lmf
= 150

(1 − εmf)
2

ε3
mf

�g × Umf

(�sdp)2
+ 1.75

1 − εmf

ε3
mf

	gU2
mf

�sdp
(5)
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Fig. 1. Schematic diagram of experimental set-up used for tomography measure-
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Table 1
Bed material properties

Parameter Unit Value

Particle size range �m 710–1000
Mean particle size �m 853
Particle density kg/m3 906
Voidage at minimum fluidization condition (ε ) – 0.378
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hold-up measurements along the entire length of the fluidized bed
(i.e., just above the distributor, within the bed and below the bed
surface). These locations correspond to h/H of 0.25, 0.58 and 0.89,
respectively. A summary of the experimental conditions for the
present study has been given in Table 2A. Table 2B compares the

Table 2A
Summary of experimental conditions

Case Geometrical conditions Parameters varied, U0/Umf

Draft tube Type of sparging
ents in a gas–solid fluidized bed: (1) air flow regulator, (2) air rotameter, (3)
alming section, (4) distributor plate, (5) draft tube, (6) radioactive source, (7) detec-
or, (8) data acquisition system and (9) personal computer.

quating Eqs. (4) and (5), and using the values of the mean particle
ize (dp) of 853 �m, particle density (	s) of 906 kg/m3, air density
	g) of 1.18 kg/m3, air viscosity (�g) of 1.8 × 10−5 kg/m s, sphericity
�s) of one, and Lmf (height of bed at minimum fluidization condi-
ions) of 0.186 m and solving for εmf, the bed voidage at minimum
uidization was found to be 0.378.

The calculation of the terminal settling velocity (Ut) was impor-
ant in order to know the limit up to which the superficial gas
elocity can be increased without causing carry-over of solids. Also,
s it was necessary to operate the bed under bubbling regime, an
ccurate estimation was important in order to fix the operating con-
itions. Using dp as the smallest size of solids actually present in
he appreciable quantities in the bed (710 �m in the present case),
∗
p was calculated using the following equation

∗
p = dp

[
	g(	s − 	g)

�2
g

]1/3

(6)

sing the value of d∗
p, U∗

t was calculated using the equation shown

elow

∗
t =

[
18

(d∗
p)2

+ 2.335 − 1.744�s

(d∗
p)0.5

]−1

(7)

A
B
C
D

mf
phericity (�s) – 1
inimum fluidization velocity (Umf) m/s 0.176

erminal settling velocity (Ut) m/s 3.06

he value of terminal settling velocity is obtained by solving the
quation given below using the values of d∗

p and U∗
t .

∗
t = Ut

[
	2

g

�g(	s − 	g)g

]1/3

(8)

he terminal settling velocity for the solid particles under consid-
ration was found to be 3.06 m/s. The value of d∗

p (Ar1/3) for dp of
53 �m was calculated to be 27.16. At U0 of 0.99 m/s and 2.19 m/s,
he values of U* were calculated to be 2.03 and 4.5, respectively.
sing the plot of U*(U∗

t ) vs. Ar1/3 (d∗
p) proposed by Grace [45], it was

ound that the bed if operated at U0 of 0.99 m/s and 2.19 m/s, would
ehave as a bubbling bed. The solid material properties have been
ummarized in Table 1.

.3. Gamma ray tomography

The experimental set-up used for the tomographic measure-
ents of solid hold-up is shown in Fig. 1. It consists of a 1 milliCurie

37Cs �-source and sodium iodide with thallium-activated scintil-
ation (BICRON) detectors positioned on either side of the column
bed). The related hardware and software (photomultiplier tube,
reamplifier, 8 channel analyzer, and data acquisition system) are
ame as those discussed by Thatte et al. [46]. Both the source and
etectors were collimated with lead. Both the collimators were
ylindrical, 0.046 m in diameter and 0.0103 m long. The collimator
lit was 0.02 m in length and 0.002 m in width.

.4. Experimental measurements and procedure

The experimental set-up as shown in Fig. 1 allowed flexibility to
tudy the effect of a number of parameters such as presence and
bsence of draft tube and sparger/distributor configuration. Exper-
ments were carried out for two different conditions viz. (i) with
nd without a draft tube and (ii) complete and partial sparging.
n the case of complete sparging, measurements were carried out
t (U0/Umf) values of 5.6 and 12.4, whereas, in the case of partial
parging, only measurements at (U0/Umf) of 12.4 were conducted.
xial locations for the measurements were selected so as to allow
– Complete 5.6 and 12.4
– Partial 12.4
Present Complete 5.6 and 12.4
Present Partial 12.4
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Table 2B
Comparison of the geometry and operating conditions in this work with published
literature

Author Diameter of vessel,
D (mm)

H/D U0/Umf

Taghipour et al. [2] 280 1.43 0.5–6
Pugsley and McKeen [6] 140 3.42 14.3, 28.6, 42.3, 57.1
Pain et al. [22] 382 1.33 14.3
Johansson et al. [27] 300 2 1.3
Van Wachem et al. [38] 200–400 1.7–0.85 1–4
Katsuya and Takashi [61] 150 1 2, 3, 4, 6
Ouyang and Li [67] 300 2 1.75
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era et al. [72] 600 0.9 16.67
amwo et al. [73] 406 2 1
urrent work 186 1 5.6 and 12.4

eometry and operating conditions in the present work with those
eported in the previous literature.

Typical industrial fluidized beds operate in the range of five to
en times the minimum fluidization velocity. Therefore, these two
alues of superficial gas velocity were chosen. The bed height (H/D)
as kept 1, as there are many industrial cases (hydrometallurgi-

al operations and fluid bed dryers) that are operated as shallow
eds. The effect of sparger type would also be most pronounced

n the near sparger region and therefore shallow beds have been
onsidered.

Parallel beam scanning method was employed and scans were
arried out at 9 radial locations for each axial position (h/H = 0.25,
.58 and 0.89). The number of events and dwell time were fixed
t 20 and 10 s, respectively. The total acquisition time for each line
lane (chord) measurement was 200 s. The two-phase counts were
hecked with the background counts. Every measurement yielded
he value of chordal solid hold-up. Scans were performed on an
mpty bed, a bed filled with solids in a known packed bed (static)
ondition and on a bed under operating conditions. These three
easurement values were used to calculate the line averaged solids

old-up for each chord. The solids hold-up was calculated using the
hree counts (air, solid and two phase) as follows.

The intensity IG, after travel through air of thickness t is given as

G = IO · exp[−�Gt] (9)

he intensity IS, after travel through a packed bed of solids of thick-
ess t is given as

S = IO · exp[−(�StS + �GtG)] (10)

ubstituting for tS and tG,

S = IO · exp�−(�Stεsmf + �Gtεgmf)� (11)

utting εgmf = 1 − εsmf

S = IO · exp�−(�Stεsmf + �Gt(1 − εsmf))� (12)

or the case of fluidized bed, similar approach gives the following
quation:

TP = IO · exp[−(�Gt(1 − εs) + �Stεs)] (13)

From Eqs. (9) and (12),

n
(

IS
IG

)
= −�Stεsmf − �Gt(1 − εsmf) − [−�Gt] (14)

implifying,
n
(

IS
IG

)
= �Gtεsmf − �Stεsmf (15)

n
(

IS
IG

)
= (�G − �S)tεsmf (16)

b
c
b
o
(
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rom Eqs. (9) and (13),

n
(

ITP

IG

)
= −�Stεs − �Gt(1 − εs) − [−�Gt] (17)

implifying,

n
(

ITP

IG

)
= �Gtεs − �Stεs (18)

n
(

ITP

IG

)
= (�G − �S)εst (19)

rom Eqs. (16) and (19),

ln
[
ITP/IG

]
ln

[
IS/IG

] = εs

εsmf
(20)

q. (20) was used to calculate the chordal solid hold-up using the
hree counts (air, solid and two phase).

In the present work, the emphasis was on measuring the axial
nd radial gradients of solid fraction. Further, due to large time
equired for measuring tangential symmetry could be assumed. In
iew of this, the Abel transform method explained in Shollenberger
t al. [47], already applied for calculation of local gas hold-up in
tirred tanks by Thatte et al. [46] has been used for the calculation
f local solid hold-ups.

.5. CFD model

This section describes the modeling equations employed in the
resent Euler–Euler two-fluid CFD model.

Continuity equation for the fluid phase

∂(εg	g)
∂t

+ ∇ · (εg	g�g) = 0 (21)

ontinuity equation for the emulsion phase

∂(εs	s)
∂t

+ ∇ · (εs	s�s) = 0 (22)

omentum equation for the fluid phase

∂(εg	g�g)
∂t

+ ∇ · (εg	g�g�g) = ∇ · ¯̄
g + εg	gg − εg∇ · P − ˇ(�g − �s)

(23)

omentum equation for the emulsion phase

∂(εs	s�s)
∂t

+ ∇ · (εs	s�s�s)

= ∇ · ¯̄
s + εs	sg − ∇ · Ps − εs∇ · P + ˇ(�g − �s) (24)

¯̄
i = 2�i

¯̄Di +
(

�i − 2
3

�i

)
· tr( ¯̄Di)

¯̄I (25)

¯̄
i = 1

2 [∇ · �i + (∇ · �i)
T] (26)

The inter-phase momentum transfer is an important term in the
odeling of the gas–particle interaction. The drag force acting on a

article in fluid–solid systems can be represented by the product of
momentum transfer coefficient, ˇ and the slip velocity (�g − �s)
etween the two phases [48,49]. Gidaspow [4] drag model, has been
sed in the present work. Gidaspow [4] assume that Ergun [7] equa-
ion to be valid for the fluidized conditions (εg < 0.8). The Gidaspow
4] model assumes that when the gas fraction is more than 0.8, it can

e considered to be a gas bubble phase. The momentum exchange
an then be considered to be between that of a bubble surrounded
y emulsion. The momentum exchange under such conditions is
btained from the correlation of Wen and Yu [5] (Eqs. (27), (29) and
30)). At lower values of gas fraction, the momentum exchange can
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e considered to be between that of the gas and surrounding dense
hase of emulsion. The momentum transfer under such conditions
an be considered to be given by Ergun equation (Eq. (28)):

= 3CDεsεg	g|�g − �s|
4dp

ε−2.65
g , εg ≥ 0.8 (27)

= 150
ε2

s �g

εgd2
p

+ 1.75
εs	g|�g − �s|

dp
, εg < 0.8 (28)

D = 24
Rep

[1 + 0.15(Rep)0.687] (29)

ep = εg	gdp|�g − �s|
�g

(30)

sing these equations, it becomes possible to calculate the momen-
um exchange at any point in the bed.

.6. Kinetic theory of granular flow

The two-fluid model also requires constitutive equations to
escribe the rheology of the particulate solid phase, i.e., the partic-
late phase viscosity and the particulate phase pressure gradient.
hen the particle motion is dominated by collisional interactions,

oncepts from gas kinetic theory [18] can be used to describe
he effective stresses in the solid phase resulting from particle
treaming (kinetic contribution and direct collisions) collisional
ontribution. Constitutive relations for the solid-phase stress based
n kinetic theory concepts have been derived by Lun et al. [19],
llowing for the inelastic nature of particle collisions. Analogous
o the thermodynamic temperature for gases, the granular tem-
erature can be introduced as a measure of the particle velocity
uctuations.

s = 1
3 �′2

s (31)

ince the solid-phase stress depends on the magnitude of these
article-velocity fluctuations, a balance of the granular energy
3/2)�s associated with these particle-velocity fluctuations is
equired to supplement the continuity and momentum balance for
oth phases. This balance is given as:

3
2

[
∂

∂t
(εs	s�s) + ∇ · (εs	s�s�s)

]

= (−∇ · Ps
¯̄I + 
s) : ∇�s + ∇ · (ks∇�s) − �s + ˚ (32)
�

here the first term on the right hand side represents the creation
f fluctuating energy due to shear in the particle phase, the second
erm represents the diffusion of fluctuating energy due to gradients
n �s, �s represents the dissipation due to inelastic particle–particle

s
e

�

able 3
olids shear viscosity

un et al. [19] �s =
4
5

ε2
s 	sdpg0(1 + e)

√
�s

�
+ 1

15

√
��

	sdsg0ε2
s (1 + e)(3

3/2 − 1/2

yamlal et al. [50] �s = 4
5

ε2
s 	sdpg0(1 + e)

√
�s

�
+ 1

15

√
��

	sdsg0ε2
s (1 +
3/2

idaspow [4] �s = 4
5

ε2
s 	sdpg0(1 + e)

√
�s

�
+ 1

15

√
��	sdsg0ε2

s (1 +

renya and Sinclair [54] �s = 4
5

ε2
s 	sdpg0(1 + e)

√
�s

�
+ 1

15

√
��

	sdsg0ε2
s (1 +
3/2

+ 10
96

√
��

	sds

g0(1 + (�mfp/R))(1 + e)(3/2 − 1/2e)
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ollisions. This term is represented by the expression derived by Lun
t al. [19].

s = 12(1 − e2)
ε2

s 	sg0

ds
√

�
�3/2

s (33)

nd ˚� represents the exchange of fluctuating energy between gas
nd solid phase and is calculated according to expression of Ding
nd Gidaspow [20]. This accounts for the loss of granular energy
ue to friction with the gas.

� = −3ˇ�s (34)

ather than solving the complete granular energy balance given
n Eq. (32), some researchers [25,38,50,51] assume the granu-
ar energy is in a steady state and dissipated locally, and neglect
onvection and diffusion. Boemer et al. [52] have carried out sim-
lations using three granular temperature models (i.e., constant,
lgebraic expression and partial differential equation), and com-
ared the simulated results with the experiments of Kuipers [53].

t was found that all the three simulations give similar results. This
eans it is possible to simplify the differential Eq. (32) by retaining

nly the generation and the dissipation terms. Eq. (32) simplifies
o an algebraic expression for the granular temperature:

= (−∇ · Ps
¯̄I + 
s) : ∇�s − �s (35)

ecause the generation and dissipation terms dominate in dense-
hase flows, it is anticipated that this simplification is a reasonable
ne in dense regions of flow.

.7. Solid-phase stress tensor

The solid pressure represents the normal solid-phase forces due
o particle–particle interactions. Solid pressure given by Lun et al.
19] is

s = 	sεs�s + 2g0ε2
s 	s�s(1 + e) (36)

he first part of the solids pressure represents the kinetic contribu-
ion, and the second part represents the collisional contribution.
he kinetic part of the stress tensor physically represents the
omentum transferred through the system by particles moving

cross imaginary shear layers in the flow; the collisional part of the
tress tensor denotes the momentum transferred by direct colli-
ions.

The solids bulk viscosity describes the resistance of the particle

uspension against compression. Solid bulk viscosity given by Lun
t al. [19] is

s = 4
3

ε2
s 	sdpg0(1 + e)

√
�s

�
(37)

/2e − 1/2)

e
+ 1

6

√
��

	sdsεs(3/4e − 1/4)
3/2 − 1/2e

+ 10
96

√
��

	sds(3/2e − 1/2)
g0(1 + e)(3/2 − 1/2e)

e)(3/2e − 1/2)

− 1/2e
+ 1

12

√
��

	sdsεs

3/2 − 1/2e

e) + 1
6

√
��	sdsεs + 10

96

√
��

	sds

g0(1 + e)

e)(3/2e − 1/2)

− 1/2e
+ 1

6

√
��

	sdsεs(1/2(1 + (�mfp/R)) + 3/4e − 1/4)

(1 + (�mfp/R))(3/2 − 1/2e)
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Table 4
Radial distribution function

Carnahan and Starling [56] g0 = 1
1 − εs

+ 3εs

2(1 − εs)2
+ ε2

s

2(1 − εs)3

Lun and Savage [57] g0 =
[

1 −
(

εs

εsmax

)−2.5εεsmax
]

Sinclair and Jackson [58] g0 =
[

1 −
(

εs

εsmax

)1/3
]−1

G

o
i
v

b
s
b
u
t
e
a
p
I
m

�

w
a

3

function at contact. The various forms of the radial distribution
function are given in Table 4 and are plotted in Fig. 3 as a function of
the solid volume fraction. Lun et al. [19] employed the Carnahan and
Starling [56] expression for the radial distribution function. The Car-
ig. 2. Comparison of solid shear viscosity from different kinetic theory models;
= 0.95 and εsmax = 0.65.

The solids shear viscosity contains shear viscosity arising from
article momentum exchange due to translation and collision. The
ollisional and kinetic parts, and the optional frictional part, are
dded:

s = �s,col + �s,kin + �s,fr (38)

However, the kinetic theory description for the solids shear vis-
osity often differs between the various two-fluid models. Table 3
ives different expressions that have been used to compute the
olid shear viscosity. Fig. 2 shows a comparison of the constitutive
odels for the dimensionless solids shear viscosity (�s/dp	s

√
�s)

s a function of the solid volume fraction. For εs of 0.6, the value of
olids shear viscosity is 1.7 Pa s (about 1000 times of liquids). This
ndicates the high level of momentum exchange between the gas
ubbles and emulsion and the rapid decay of momentum in the
mulsion phase. All the models yield practically the same solids
hear viscosity at εs > 0.25. When the solid volume fraction is below
.2, the models start deviating from one another. Gidaspow [4]
oes not account for the inelastic nature of particles in the kinetic
ontribution of the total stress, as Lun et al. [19] do, claiming this
orrection is negligible. Hrenya and Sinclair [54] follow Lun et al.
19] model, but constrain the mean free path of the particle by

dimension characteristic of the actual physical system. This is
pposed to the theory of Lun et al. [19], which allows the mean free
ath to tend toward infinity. The solids viscosities in case of Lun
t al. [19], tends toward a finite value as the solid volume fraction
ends to zero, which is not correct. Hence, by constraining the mean
ree path, the limit of the Hrenya and Sinclair [54] shear viscos-
ty expression correctly tends to zero as the solid volume fraction
pproaches zero. For εs > 0.05, there is no difference in the predicted
olids viscosity of Lun et al. [19] and Hrenya and Sinclair [54]. The
olids shear viscosity of Syamlal et al. [50] neglects the kinetic or
treaming contribution, which dominates in dilute-phase flow. This
s a reasonable assumption for dense suspensions such as bubbling
uidized beds. The Syamlal et al. [50] solids shear viscosity also
ends to zero as the solid volume fraction tends to zero. In this case,
owever, this solids shear viscosity limit is reached because the
inetic contribution to the solids viscosity is neglected. The mod-

ls of Symalal et al. [50] and Gidaspow [4] predict a continuous
ecrease in the viscosity with a reduction in the solid volume frac-
ion. The decrease in viscosity is more rapid as volume fraction of
ero approaches. Both these models behave in a similar manner. The
odel of Lun et al. [19] predicts a constant value at volume fraction

F
ε

idaspow [4] g0 = 3
5

[
1 −

(
εs

εsmax

)1/3
]−1

f zero. The model of Hrenya and Sinclair [54] shows a decrease
n viscosity till volume fraction of 0.05. A further decrease in solid
olume fraction causes a marginal increase in the viscosity.

In the kinetic theory, only the kinetic and collisional contri-
utions to the internal momentum transport of the particulate
uspension are accounted for. All the collisions are assumed to be
inary and quasi-instantaneous. In regions with high particle vol-
me fractions, multi-particle contacts (frictional effects) dominate
he stress generation mechanism. In long-term contacts much more
nergy will be dissipated which results in a self-enhancing mech-
nism for the formation of extremely dense regions, since these
articles have hardly any energy left to escape these regions [24,30].

t is therefore necessary to account for the frictional stresses in the
odel. In the present work Schaffer [55] frictional stress is used.

s,fr = Ps sin �

2
√

I2D

(39)

here Ps is the solids pressure, � is the angle of internal friction,
nd I2D is the second invariant of the deviatoric stress.

.8. Radial distribution function

The solid-phase stress is dependent on the radial distribution
ig. 3. Comparison of radial distribution function from different model for
smax = 0.65.
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Fig. 4. Dimensionless solid shear viscosity from different radial distribution func-
tions. Solid shear viscosity model of Syamlal et al. [50]; e = 0.95 and εsmax = 0.65.

Fig. 5. Effect of restitution coefficient on dissipation rate.
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Table 5
Comparison of grid sizes used in previous work

Author Grid size in x-direction
(mm), �x

Grid size in y-direction
(mm), �y

Hansen et al. [64] 10 10
Ding and Gidaspow [20] 6 18
Sokolichin and Eigenberger [65] 20 27
John et al. [66] 5 5
Ouyang and Li [67] 10 20
Derek et al. [68] 5 5
Derek et al. [68] 5 5
Yang et al. [69] 2.25 35
Gidaspow and Tsuo [70] 7.62 76.2
Taghipour et al. [2] 5 5
Enwald and Almstedt [17] 5 10
Nhang and VenderHeyden [71] 6.45 6.45
Pugsley and McKeen [6] 2.5 2.5
Krishna and van Baten [1] 20 20
Krishna and van Baten [1] 6.33 6.33
Krishna and van Baten [1] 12.66 12.66
Krishna and van Baten [1] 26.66 26.66
Krishna and van Baten [1] 53.33 53.33
Krishna and van Baten [1] 80 80
Current work 1 1
ig. 6. Variation of dimensionless solid shear viscosity with restitution coefficient.
olid shear viscosity follows Syamlal et al. [50]; g0 of Sinclair and Jackson [58] and
smax = 0.65.

ahan and Starling [56] expression, however, does not tend toward
he correct limit at closest solids packing. Because particles are in
onstant contact at the maximum solid volume fraction, the radial
istribution function at contact tends to infinity. Therefore, alter-
ative expressions to the Carnahan and Starling [56] expression
ave been proposed by Gidaspow [4], Lun and Savage [57] and Sin-
lair and Jackson [58]. The expression of Gidaspow [4] most closely
oincides with the data over the widest range of solid volume frac-
ions. The expression of Gidaspow [4], however, does not approach
he correct limit of one as the solid volume-fraction approaches
ero. The expression of Sinclair and Jackson [58], approach the
orrect limit of one as the solid volume-fraction approaches
ero.

Fig. 4 presents the effect of different expressions of the radial

istribution functions on the dimensionless solids shear viscos-

ty. Dimensionless solid shear viscosity of Syamlal et al. [50] has
een plotted for restitution coefficient of 0.95 and maximum pack-

ng of 0.65. All the models yield practically the same solids shear
iscosity.

Grid size in z-direction
(mm), �z

Number of
grids in
x-direction

Number of
grids in
y-direction

Number of
grids in
z-direction

90 26 26 120
– 67 34 –
– 25 75 –
– 30 200 –
– 61 61 –
5 30 30 60
– 30 30 –
– 40 300 –
– 10 72 –
– 56 200 –
– 60 224 –

13.33 31 31 150
– 56 400 –

19.5 75 75 410
18.75 30 30 160
18.75 30 30 160
48.15 75 75 270
49 75 75 510
49.29 75 75 710

– 186 900 –
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case. Simulations were carried out for restitution coefficient of
0.6, 0.9 and 0.95 for a constant value of εsmax. It was observed
that with increase in the restitution coefficient the solids hold-up
increases.
G.N. Ahuja, A.W. Patwardhan / Chemic

.9. Effect of restitution coefficient

The main dissipative term in the turbulent kinetic energy equa-
ion consists of dissipation due to particle–particle collision. This
nergy dissipation depends on the value of restitution coefficient
Eq. (33)). Fig. 5 shows the effect of restitution coefficient on the
issipation of turbulent kinetic energy of the solids. An increase

n the restitution coefficient means collisions are more elastic and
herefore the dissipation rate decreases. This causes the granular
emperature to increase, leading to an increase in the solid shear
iscosity and diffusion, resulting in smaller gradients and lesser
ubbles (lower gas hold-up) [59]. This can be seen in Fig. 6.

.10. CFD modeling strategy

A commercial grid-generation tool, GAMBIT 2.1.2 (of Fluent Inc.,
SA) was used to create the 2D geometry (0.186 m × 0.9 m) and
enerate the grids. Initially grid sensitivity studies were carried out
results not shown for the sake of brevity). Table 5 compares the
rid sizes employed in this work as compared to the published lit-
rature. It can be seen that the grid sizes employed in this work are
uch smaller and the number of grids are much larger than those

sed previously. For the simulations in this study the commercial
FD code FLUENT 6.2.16 (of Fluent Inc., USA) was used. Standard k–ε
odel was used. “SIMPLE” scheme for pressure–velocity coupling
as used. The wall was modeled using no-slip boundary conditions

or both phases. The bottom of the bed was defined as velocity inlet
o specify a uniform gas inlet velocity. Pressure boundary condi-
ions were employed at the top of the freeboard, which was set to
reference value of 1.01325 × 105 Pa. The settled bed was consid-

red 0.186 m deep and initial solids volume fraction was defined
s 0.622 with a maximum packing of 0.65. The simulations were
tarted with specifying the axial gas velocity in the settled bed
egion (i.e., 0.186 m) as U0/εgmf and U0 in the freeboard region. The
nlet superficial gas velocity (U0) was set as 5.6 and 12.4 times of
mf, where Umf = 0.176 m/s. The restitution coefficient which quan-

ifies the elasticity of particle collisions (one for fully elastic and
ero for fully inelastic) was taken as 0.95. 2D simulations were
arried out using Euler–Euler two-fluid model with Gidaspow [4]
rag model. Constitutive equations for the particulate phase prop-
rties such as solid pressure, solid bulk viscosity and the solid shear
iscosity were derived from the KTGF. Models of Lun et al. [19]
ere used for solid pressure and granular bulk viscosity. Model

f Syamlal et al. [50] was used for solid shear viscosity. Similarly,
adial distribution function of Sinclair and Jackson [58] was used,
s it approaches the correct value of one as the solids volume frac-
ion tends to zero. Model of Schaffer [55] was used for frictional
tress.

.11. CFD model validation

The only constants that appear in the KTGF model are the resti-
ution coefficient and the radial distribution function. The radial
istribution function is the equilibrium radial distribution at par-
icle contact derived from statistical mechanics. It is a measure of
he probability of inter-particle contact, which involves a constant
smax (maximum solid packing). Sensitivity study for restitution
oefficient and εsmax was carried out. Past studies have shown the
se of 0.6–0.7 for εsmax. It was observed that increase in the value
f εsmax for a particular value of restitution coefficient results in an

ncrease in the solids hold-up. Change in the value of restitution
oefficient significantly affects the results in numerical simula-
ions of dense suspensions. For dense suspensions, an increase in
estitution coefficient implies that collisions are more elastic. This
eads to lowering of the energy dissipation rate, causing the gran-

F
U
(

ineering Journal 143 (2008) 147–160 155

lar temperature to increase. This in turn causes an increase of
he viscosity (Fig. 6) and diffusion, resulting in smaller gradients
nd lesser bubbles (lower gas hold-up) [59]. For higher values of
estitution coefficient (i.e., more elastic collisions), the compaction
f the particles is insufficient due to the relatively high granular
nergy, which results in a uniform bed expansion [60]. Ranade and
tikar [23] have used a value of 0.6 for restitution coefficient for
olypropylene. But it resulted in lower solids hold-up in present
ig. 7. Solids hold-up for partial sparging with and without draft tube for

0/Umf = 12.4 at h/H = 0.25; e = 0.95, εsmax = 0.65. (a) Partial sparging with draft tube.
b) Partial sparging without draft tube.
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The values of restitution coefficient and εsmax were varied to
btain as good a match as possible for one of the simulations runs
Fig. 7a). It was observed that a restitution coefficient of 0.95 and
smax of 0.65 give reasonably good predictions. This Figure com-
ares the predicted hold-up with the experimental measurements
or partial sparging with draft tube. Figure shows that the solid
old-up increases with an increase in the radial distance. The solid
old-up values are lower in the centre and higher near the walls

ndicating that the gas bubbles are preferentially going through the
entral region of the bed. This is because of the nature of sparging
partial sparging) and presence of draft tube.

The phenomenon of fluidization is essentially dynamic. When
bubble is passing a point the hold-up of the solid phase is zero.
hen the emulsion is present the hold-up of the solid phase is

lose to its minimum fluidization value. Thus, when a time aver-
ged hold-up is measured at a particular point, it is associated
ith its own standard deviation. Further, the hold-up values have

een measured with the help of gamma ray attenuation tomogra-
hy. This technique is also inherently dynamic in nature because
he counts are measured based on emission of gamma rays from
he source. In order to minimize the errors associated, counts
ave been measured for over a long period of time. Repeated
easurements were carried out to quantify the errors in the mea-

urement. The reproducibility of the data was within 20%. Error
ars have been indicated in Fig. 7a and b. In order to capture,
dynamic process like gas–solid fluidized bed, one should have
deally used a dynamic, time-dependent CFD model, with the bub-
le phase treated in a Lagrangian manner and emulsion phase
reated in an Eulerian manner. This approach is numerically too
ntensive due to the presence of a large number of bubbles of dif-

o

i
p

ig. 8. Complete sparging without draft tube. (a) Solids hold-up profiles for U0/Umf = 5.6
ualitative solids circulation patterns (thick arrows shows the air flow and thin arrows sh
ineering Journal 143 (2008) 147–160

erent sizes. The objective of the work was to understand, model
from first principles) and evaluate the effects of different types of
pargers and internals on hold-up distribution and the solid circu-
ation rates. Therefore, as a first step, steady state, two-fluid model
as been developed, where both the phases have been treated

n an Eulerian manner. Considering both these issues, the pre-
ictions can be considered to be acceptable (though not exact)
or the purpose of developing insights into the effects of type
f sparger and presence of draft tube. All the other simulations
ncluding the ones shown in Fig. 7b (partial sparging without
raft tube) have been carried out with these parameters (e = 0.95,
smax = 0.65). These parameters are not fitted for each case. Pre-
ictions for all the remaining cases can then be considered to be
priori. Considering that there are no fitted parameters for this

ase, the predictive ability of the model can be considered to be
dequate.

Taghipour et al. [2] have compared the model predictions with
he experimental data and bed voidage. Their model was also able
o qualitatively predict the experimental results. However, large
rrors were observed in the predictions. Errors as much as 30–50%
n the prediction of bed voidage and pressure drops were reported.
ugsley and McKeen [6] have observed large errors between the
redicted values of bed expansion and experimental measure-
ents. In order to reduce the errors, the drag relationship was
ultiplied by an empirically fitted constant. The value of this con-

tant was varied from 0.1 to 1.0. In spite of this, the predictions agree

nly qualitatively.

To understand the solid flow patterns and to examine the effects
nternals (draft tube) and distributor configuration (complete and
artial sparging) on the hold-up distribution, CFD simulations were

. (b) Solids hold-up profiles for U0/Umf = 12.4. (c) Solids axial velocity profiles. (d)
ows the solids flow).
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arried out with the validated model for partial sparging with and
ithout draft tube for U0/Umf of 12.4. The generated velocity pro-
les were used to examine the effect of sparging area and the draft
ube on the solids circulations patterns.

. Results and discussion

.1. Complete sparging without draft tube

Fig. 8a shows the experimentally measured solids hold-up pro-
le obtained for complete sparging without draft tube for U0/Umf
f 5.6 for all axial locations (i.e., at h/H of 0.25, 0.58 and 0.89). At h/H
f 0.25 (just above the distributor), high solid hold-up can be seen
n the central region (εs/εsmf of approximately 0.9). At this location
olid hold-up is lowest (εs/εsmf of approximately 0.6) at a radial
ocation, r/R = 0.6. The solid hold-up further increases towards the
all. At h/H of 0.58 the solids hold-up profile is similar in shape to

hat of h/H = 0.25. However, the magnitude of solids hold-up in the
entral region is slightly lower and that near the wall, it is slightly
igher. At h/H of 0.89 the solids hold-up profile is dramatically dif-

erent in shape. The solids hold-up values continuously increase
rom center to wall. This indicates that at this location all the gas
redominantly flows through the central region.

Fig. 8b shows the experimentally measured solids hold-up pro-
les obtained for complete sparging without draft tube for U0/Umf
f 12.4 for all axial locations (i.e., at h/H of 0.25, 0.58 and 0.89). It can
e seen that the hold-up profiles are similar in shape to the ones

een in Fig. 8a. However, all solids hold-up in the central region are
ower. This is due to the higher superficial velocity leading to higher
as hold-up and consequently lower solids hold-up.

Fig. 8c shows the predicted solids axial velocity profiles obtained
or complete sparging without draft tube for U0/Umf of 5.6 for all

n
a
p
w
r

ig. 9. Partial sparging without draft tube for U0/Umf = 12.4. (a) Solids hold-up profiles. (b)
hows the air flow and thin arrows shows the solids flow).
ineering Journal 143 (2008) 147–160 157

xial locations (i.e., at h/H of 0.25, 0.58 and 0.89). At h/H of 0.25
r/R < 0.2) solid phase axial velocity is negative indicating that in
he central region solids are flowing downward. At larger values of
/R the solids axial velocity is positive indicating that the solids are
oving upwards. This indicates that solids are flowing upwards

long with the gas (low solid hold-up, high gas hold-up at r/R of
.6 (Fig. 8a and b) in this region. At h/H of 0.58, solid phase axial
elocity is positive indicating upward flow of solids. At h/H of 0.89,
olid phase axial velocity is downward. This is because, this location
s close to the bed surface and this region is dominated by solid
articles disengaging from gas and flowing down back into the bed.
igure also shows the solid axial velocities measured by Katsuya and
akashi [61] for their fluidized bed. Their experiments were for beds
f similar size and operating under similar conditions to that used in
ur work. The solid velocities were measured by a fibre optic probe.
t can be seen that at h/H = 0.5, the solid axial velocities measured
y Katsuya and Takashi [61] are very similar to those of observed in
ur work at h/H = 0.25. The variation of velocity with radial distance
s very similar to that observed by us. The small differences in solid
elocities are in part due to different sparger details.

Fig. 8d shows the gas and solids flow patterns for complete
parging without draft tube for both U0/Umf of 5.6 and 12.4. At
/H = 0.25, the solids down flow is predominant in a stable central
tream, within which there are nearly no bubbles. In addition,
olids flow down along the walls, confined to very narrow band.
he rest of the cross-section is utilized for the flow of gas. Katsuya
nd Takashi [61] observed that bubbles are generated in an annulus

ear the wall at the bottom of the bed and then come to the center
s they rise to the center of the bed. Earlier [34], similar velocity
rofiles have been reported. The magnitudes of the solid velocities
ere in the range 0.05–0.1 m/s. This agrees well with our CFD model

esults.

Solids axial velocity profiles. (c) Qualitative solids circulation patterns (thick arrows
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ig. 10. Partial sparging with draft tube for U0/Umf = 12.4. (a) Solids hold-up profiles
hows the air flow and thin arrows shows the solids flow).

.2. Partial sparging without draft tube

Fig. 9a shows the experimentally measured solids hold-up pro-
les obtained for partial sparging without draft tube for U0/Umf of
2.4 and h/H of 0.25 and 0.89. At h/H of 0.25 (just above the dis-
ributor), the solids hold-up is lower at the centre region for partial
parging than compared to complete sparging without draft tube
Fig. 8b). This is because the gas is sparged through the center in
ase of partial sparging. This leads to higher gas hold-up and conse-
uently lower solids hold-up in the central region. Solids hold-up
re higher near the wall for partial sparging than that of complete
parging. At h/H of 0.89, it can be seen that the solids hold-up is
ower in the case of partial sparging up to r/R of 0.54 (Figs. 9a and
b). This is because in case of partial sparging, air passing through
he sparged area (r/R from 0 to 0.54) is higher compared to com-
lete sparging. For r/R greater than 0.54 up to the wall (r/R = 0.85)
he solids hold-up was same irrespective of the type of sparging.

Fig. 9b shows the predicted solids axial velocity profiles obtained
or partial sparging without draft tube for U0/Umf of 12.4 for h/H of
.25 and 0.89. A well developed core annulus structure is observed

n case of partial sparging without draft tube. The CFD prediction of
olids axial velocity confirms the core annulus structure in case of
artial sparging without draft tube (Fig. 9b). The solid phase axial
elocity is positive indicating upward movement of solids through
he sparged area (r/R from 0 to 0.54) for both h/H of 0.25 and 0.89
nd down flow of solids takes place near the wall (for r/R greater
han 0.54 up to the wall, r/R = 0.85). The solid axial velocities mea-
ured by Lin et al. [62] have also been plotted in this graph. They

ave measured the solid axial velocities by using Computer Aided
adio Particle Tracking (CARPT). Figure shows that the variation of
olid axial velocities with radial location is similar to that observed
y us. The magnitudes of the axial velocities are slightly lower
han that observed by us. This could be in part due to the high gas

o
a
a
a

olids axial velocity profiles. (c) Qualitative solids circulation patterns (thick arrows

elocity used in the present work as compared to that used by Lin
t al. [62].

The qualitative flow patterns of gas and solids are shown in
ig. 9c. The up-flow of solids takes place with the gas at the cen-
er and there is predominant down flow of solids near the wall.
he gas hold-up profile and the axial velocity profile show simi-
ar characteristics to the gas hold-up and liquid velocity profile in
ase of gas–liquid bubble columns operated in the heterogeneous
egime.

.3. Partial sparging with draft tube

Fig. 10a shows the solids hold-up profiles obtained for partial
parging with draft tube for U0/Umf of 12.4 and h/H of 0.25 and
.89. At h/H of 0.25, solids hold-up increases with radial distance.
n the central region, the solids hold-up values are lower for partial
parging as compared to complete sparging with draft tube (Figs.
0a and 8a). This is because, in case of partial sparging, most of the
as passes through the draft tube region. However, in the annular
egion (r/R > 0.54), solids hold-up is lower for complete sparging
ith draft tube (shown later) than for partial sparging with draft

ube as gas is also sparged through the annulus in case of complete
parging. At h/H of 0.89, as the gas comes out of the draft, the plume
f gas shifts radially towards the wall of the draft tube. As a result,
he solid fraction is lower near the wall of the draft tube and higher
n the central region. Close to column wall, the solids fraction is
igh because partial sparging together with draft tube practically
nsures that practically no gas is present outside the draft tube.
Fig. 10b shows the predicted solids axial velocity profiles
btained for partial sparging with draft tube for U0/Umf of 12.4
t h/H of 0.25 and 0.89. At h/H of 0.25, for r/R < 0.54, solid phase
xial velocity is positive indicating that in the central region solids
re flowing upwards along with the gas. At larger values of r/R the
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ig. 11. Complete sparging with draft tube for U0/Umf = 12.4. (a) Solids hold-up pro-
les. (b) Qualitative solids circulation patterns (thick arrows shows the air flow and
hin arrows shows the solids flow).

olids axial velocity is negative indicating that the solids are mov-
ng downwards. At h/H of 0.89 (up to r/R of 0.6), the solid phase
xial velocity is higher indicating the solids are flowing upwards
long with the gas (low solid hold-up, high gas hold-up, Fig. 10a).
or higher values of r/R the solid phase axial velocity is negative
ndicating the solids are moving downward. Fig. 10c shows the qual-
tative gas and solids flow patterns for partial sparging with draft
ube for U0/Umf of 12.4.

.4. Complete sparging with draft tube

Fig. 11a shows the solids hold-up profiles obtained for complete
parging with draft tube for U0/Umf of 12.4 and h/H of 0.25 and 0.89.
n this case (h/H = 0.25), solid hold-up patterns observed for both
he draft tube region and the annulus region show an opposite trend
s compared to complete sparging without draft tube (Figs. 11a and
b). There is increase of solids hold-up up to r/R of 0.54 in case of
omplete sparging with draft tube, whereas there is decrease in the
olids hold-up in case of complete sparging without draft tube. This
s due to the introduction of the draft tube. Within the draft tube
up to r/R of 0.54), the solids hold-up is lower when draft tube is

resent. This is because majority of the sparged gas passes through
he central region of the bed due to the presence of draft tube. A
ower solids hold-up is observed in the annular region of the bed

ith the introduction of draft tube (Fig. 11a). This is because the
as sparged into the annular region, instead of moving towards the

[

[

ineering Journal 143 (2008) 147–160 159

entral region of the bed as seen in case of absence of draft tube,
oves closer to the wall. At h/H of 0.89 (just above the draft tube and

elow the bed surface) (Figs. 11a and 8b), solid hold-up increases
way from the centre for both the cases because the effect of draft
ube is no longer pronounced.

Fig. 11b shows the qualitative gas and solids flow patterns for
omplete sparging with draft tube for both U0/Umf of 12.4. Major-
ty of the sparged gas moves upwards through the central region
f the bed due to the presence of draft tube. The upward flow of
olids takes place along with the gas in the center and near the
olumn walls and solids down-flow is along the walls of the draft
ube.

La Nauze [63] studied the solids circulation pattern by using
article tracking method for a 0.3 m diameter air-sand internally
irculating fluidized bed (with a draft tube). It was observed that
he solids flow upwards through the draft tube and downward in
he annulus.

. Conclusions

The effects of superficial gas velocity, presence of draft tube and
ype of sparging on the solid hold-up and solid circulation patterns
ave been studied with the help of experiments and CFD simula-
ions. A 2D multifluid Eulerian model integrating the kinetic theory
f granular flows is developed. The predicted solids hold-up pro-
les agrees reasonably with the experimental data. The model is
ble to predict the hydrodynamic behavior of gas–solid fluidized
eds. The type of sparging was found to have a dramatic effect on
he solids hold-up profiles. In case of complete sparging without
raft tube, the sparged gas traveled upwards near r/R = 0.6 close to
parger. Further away from the sparger, the gas moved to centre
iving rise to up-flow of solids in the central region and down-flow
ear the walls. Partial sparging with and without draft tube leads to
well developed core annulus structure within the bed, similar to
as–liquid bubble columns operated in the heterogeneous regime.
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